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Abstract

In process-scale antibody purification, protein-A affinity chromatography is commonly used as the initial purification step.
In this paper, two different protein-A media were evaluated. These adsorbents have a porous glass backbone with different
pore sizes: 700 A and 1000 A. Adsorption equilibrium data of human immunoglobulins on these media were measured via a
batch technique and correlated using the Langmuir isotherm model. A larger static capacity was found for the smaller pore
size material, which is probably a result of the larger specific surface area and associated higher ligand concentration. The
protein uptake kinetics were also obtained via a stirred tank experiment using different initial protein concentrations. A
surface layer model was used to represent the protein uptake by the media and to estimate values of a concentration-
independent effective diffusivity within the particle. Experimental breakthrough curves were also obtained from packed beds
operated under different conditions. Calculated breakthrough profiles were found to be in good agreement with the
experimental results. Experimental breakthrough data were used to determine the dependence of the dynamic capacity of the
media as a function of the fluid residence time. A larger dynamic capacity was also found for the smaller pore size media.
The permeability of large scale packed beds was also reported and used in conjunction with the dynamic capacity to
calculate the process production rate.
0 2003 Elsevier Science B.V. All rights reserved.
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1. Introduction

Chromatography is a well established step in the
purification of biopharmaceuticals at the process
scale [1]. The use of protein-A affinity chromatog-
raphy is often employed for the selective initial
purification of monoclonal antibodies from clarified
cell culture fluid [2-9]. Process economy and high
throughput in process-scale antibody purification
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trains are achieved through the use of chromatog-
raphy media that possess: (i) high capacity, (ii) high
permeability and (iii) good chemical stability (reus-
able for multiple cycles). Note that operation at
higher flow-rates increases productivity and mini-
mises potential product degradation.

Several protein-A chromatography media are
available, with their main difference being support
matrix type. Protein-A immobilised onto matrices

consisting of agarose, porous glass (PG) and
ceramics are commercially available [10]. Choice of
matrix composition, particle size and porosity gives
rise to differences in compressibility, chemical
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stability, permeability, antibody diffusivity, and
binding capacity—which can all have a major effect
on purification performance.

Several published studies dealt with the determi-
nation of dynamic capacity, permeability, and pro-
duction rate for commercially available protein-A
media [7,8]. However, there seems to be little
published information [11] regarding the equilibrium

and transport parameters that govern these sepa-

rations, i.e. adsorption isotherms and internal dif-

fusivities. In this paper, adsorption isotherm and

uptake kinetics data were obtained in batch mode
using a stirred tank set-up. Langmuir equilibrium

parameters and values for the effective diffusivities
were estimated from the analysis of the experimental
data using suitable models. Furthermore, these pa-
rameters were used in the calculation of packed bed
breakthrough profiles and dynamic capacity. Good
agreement was found between calculated and ex-
perimental breakthrough results. Finally, media per-
meability and dynamic capacity were used to esti-
mate the process production rate for a range of
feedstock antibody titres at different residence time
values.

2. Experimental
2.1. Materials

Porous glass (PG) based protein-A chromatog-
raphy media were obtained from Millipore (Bedford,
MA, USA). Media particle sizes were in the range of
75-125pm. Media of two different pore sizes were
examined {700 A (PG 700) and~1000 A (PG
1000)]. The properties of these materials are summa-
rized in Table 1 [12]. Note that bulk porosity,j
and particle porosity ) were estimated from the

other data presented in this table, assuming a density

Table 1

Properties of the porous glass materials [12]

Pore Area Pore Bulk €, €,
size (nf /9) volume density

(A) (em®/g) (g/ent)

700 35 1 0.39 0.43 0.68
1000 23 1 0.38 0.45 0.69
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of 2.23 g/&m for the quartz skeleton. Human
gammaglobulins (hlgG) were purchased from Sera-

Care (Oceanside, CA, USA) in the form of a 5%
solution (product HS-475), and from Sigma—Aldrich
(St. Louis, MO, USA) in the form of a 99%
lyophilised powder (product G4386). The SeraCare
material was used in the stirred tank experiments,
while both materials were used in the packed bed

studies. All other chemicals were analytical reagent

grade and purchased from Sigma—Aldrich.

2.2. Procedures and equipment

2.2.1. Adsorption equilibrium data
Adsorption equilibrium data for higG on PG 700
and PG 1000 were determined from batch experi-
ments. In these experin®ntsy’ of phosphate
buffer saline (PBS) (pH 7.4, MOphosphate,
M.3&CI and 0.002M KCI) containing initial
known concentrations of higG (0.1-3.0 fng/cm )
were contacted vitA—0.5 cni of the media at
room temperature. All buffers and solvents used in
this study were filtered using au®.2fker
(Millipore, Bedford, MA, USA). Media volume was
estimated from the knowledge of the packed bed
volume and the bulk porosities presented in Table 1.
After equilibration, the absorbance of the solution
was read at 280 nm using a EM-1 spectrophotometer
from Bio-Rad (Hercules, CA, USA). Calibration
curves were used to convert the spectrophotometer
signal to protein concentration. The amount of
protein adsorbed by the media was obtained from a
material balance.

2.2.2. Protein uptake kinetics
Antibody uptake kinetics were determined from
stirred tank experiments in a vessel similar to the one
described elsewhere [13]. A phosphate buffered

saline (PBS) soOrcift’ ) containing known
initial concentrations of higG (0.1-5.0 mg/ém ) was
placed in a 200-ml flow cell apparatus (Millipore).
The solution was agitated using a 5-cm long, sus-
pended stir bar at 100 rpm. Samples~&.2—0.5 ml
of media were injected into the agitated solution. The
hlgG concentration in the solution was monitored by
continuously recirculating a small stream at 10 ml/
min through a EM-1 spectrophotometer from Bio-
Rad, equipped with a low-volume flow cell. The
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recirculating stream was drawn through a 085- model formulation is different in the sense that a
membrane through the bottom of the flow cell using unique model holds at all times and, as a result, the
a peristaltic pump from Cole-Parmer (Vernon Hills, discontinuity is avoided. In our case, when the
IL, USA). The total response time of the circulation thickness of the surface layer becomes negligible, the
loop and UV detection system wa<0 s. surface layer model reduces to either the homoge-
neous diffusion model or the pore diffusion model.

2.2.3. Column chromatography Prior work [11,13-19] has shown that the sepa-

The media were packed into 0.66-cm (Omnifit, ration process in the stirred tank is typically gov-
Rockville Center, NY, USA) and 1.1-cm I.D. (Milli- erned by two mass transfer resistances: (i) film
pore, Bedford, MA, USA) columns with bed heights resistance and (ii) intraparticle resistance. For the
ranging from 5.0 to 35 cm. Frontal analysis runs case of protein-A media, it has been shown that pore
were performed using a BioCad 700E chromatog- diffusion and film mass transfer govern the overall
raphy system (Perseptive Biosystems, Framingham, mass transfer resistance, while contribution from the
MA, USA). Antibody concentrations were monitored surface reaction is negligible [11]. Within the context
by UV absorbance at 280 nm. The packed columns of the surface layer model, mass transfer occurring
were first equilibrated with PBS. Antibody (1.0 mg/ within the particle’s core can be described either by
cm®) in PBS was then loaded onto the columns. The the homogeneous diffusion model or by the pore
bound higG was eluted using a OM. glycine—HCI diffusion model [14]. For the particular case when
solution (pH 3.0). The media were regenerated using the homogeneous diffusion model is used, the fol-
H,PO, (pH 1.5). lowing conservation equation holds:

9Q Desr (32Q 2 3Q>
. T : 2 T (1)

3. Theoretical it (R—§)2 \ap®> p Ip

where Q is the solute concentration within the
particle core, a function of both radial position) (
and time (). The radial position is normaliseg =
r/(R— 8)] with respect to the core radiuR ¢ d),
where § is the thickness of the surface layer. The
kinetics of intraparticle mass transfer within the core
is accounted via an effective diffusion coefficient
(Do) EQ. (1) reduces to the homogeneous diffusion
model [14] when the thickness of the adsorption
layer is negligible § = 0), i.e.

3.1. Calculation of concentration profiles for the
stirred tank uptake kinetics

A surface layer representation of the protein
transport within the particle proposed elsewhere [14]
was adopted in this study. The advantage of this type
of model is the ability to fit the experimental protein
uptake data with concentration-independent effective
diffusivities and to take into account the fact that
film mass transfer is the limiting resistance at low
concentrations. Using a single effective diffusivity 3Q D °Q 240
value to fit uptake curves at different initial con- —=—esz< ——)
centrations with more simple models (such as the R

homogeneous or pore diffusion model) has proven to For the case when the pore diffusion model is used
be challenging [11,14]. Within the surface layer to describe mass transfer within the particle core, the
model, the transport to the surface layer is controlled following conservation equation holds:
by the external film mass transfer while homoge-

. . . . 0Q aC
neous diffusion or pore diffusion controls at the core (1-e) Ste . —P_
of the particle. The published analytical treatment oot Pt
[14] results in a discontinuity in the uptake rate at the €,D, ach 2 9C,
time when a switch from external mass transfer > 2 T 9

. . e (R—9) ap p dp

control to intraparticle diffusion control occurs.
Essentially, two different models are used in order to whereQ is the solute concentration in the particle’s
describe two different periods of the process. Our solid (on a pore-free volume basig}, is the solute

(2)

2

ap° P Ip

(3)
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concentration in the pore fluidg, is the particle 9Q° R-8)3 3D, 9Q
porosity, andD,, is the effective pore diffusivity. -[1— 3 ]+ s ’R—S){a—}
Within the context of the pore diffusion model, it is R R plas
typically assumed that the adsorbed solute is at =3_kf.(c —c9 (10)
equilibrium with the pore fluid at each radial position R '™

within the particle [14]. Accordingly, Eg. (3) could

_ whereC, andC*® are the liquid phase concentrations
be written as:

in the bulk tank fluid and at the particle’s surface,

dQ, aC, respectively, andQ® is the solute concentrations in
[(1— &) qc p]7= the surface layer;k, is the film mass transfer
P coefficient. The value of the film mass transfer
€D, ach 2 dC, coefficient was estimated from the following correla-
(R— §)2 ' ? ;a—p 4 tion [20]:
P
Assuming that the Langmuir equilibrium model can i _ . R+0 31 & > 2’3‘<APM9>1’3 (11)
be used to describe the equilibrium between the pore dy pD; 2
fluid and the solid-phase concentrations, it follows ) e
that: whereD; is the molecular diffusivity in free aqueous
solution, d,, is the mean particle diamete, is the
dQ, Q.K. liquid viscosity, p is the liquid density,Ap is the
dc, N (1+K.C,)? () density difference between particulate and liquid and

g is the gravity acceleration. We estimated a value of
where Q,, is the monolayer capacity arid, is the k,=6.7-10 * cm/s for our stirred tank experiments.
Langmuir equilibrium constant. As in the case above, Note that the liquid phase concentration at the
the surface layer model described by Eq. (4) reduces surface of the particle is related to the solute
to the pore diffusion model [14] when the thickness concentration in the surface layer via Langmuirian

of the adsorption layer is negligiblé € 0), i.e. equilibrium:
dQ aC, . @ [ 1 ]
_ —r C=7"| == 12
|:(1 Ep) dC p:| ot K. Qn—Q (12)
€D, (0 Cp 2 9C, When 6 =0, Eqg. (10) above reduces to the expres-
R 9p> + p ap (6) sion valid for the homogeneous diffusion model [14]:
The above equations have to be solved subject to {aQ} = Rk (C,—CY (13)
dp Jao Deg

initial and boundary conditions. The initial concen-

tration profile in the particle’s core is given by: On the other hand, for the case when mass transfer in

Q(p,0)=0 (7 the core is described using the pore diffusion model,
the following equation holds for the balance of mass
for the homogeneous diffusion model and by flux at the particle’s interface:
Qp.0)=0 (8) GEEE (1-€)QuK. T ocC®
=" % aekey | a
Cp0)=0 (9) )
. . 3Dp6p {8Cp} . 3kf
for the pore diffusion model. + R (R—=19) p wn —?-(Ct— CH (14)

When the transport at the particle’s core is de-
scribed using the homogeneous diffusion model, the When 6 =0 (no surface layer), Eq. (14) above
balance of solute flux across the film gives a reduces to the expression valid for the pore diffusion
boundary condition at the surface of the particle: model [14]:
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aC Rk assumed to be radially homogeneous, i.e. the process
{ p} =D ! (C,—CY (15) parameters are constant over the cross section.
(1.0 p€p . . .
The nondimensional mass balance in a column
The final boundary conditions are given by the fact Slice gives the concentration in the fluid stream as a
that there is no mass transfer at the centre of the function of both position and time((z,0) as [15]:
particle. For the homogeneous diffusion model, the

ap

following expression applies: £+£+3 1_6ﬁc C _1 ‘92_0 21
g exp Ppies. 00 ' 0z e RCC)I=pe 072 (21)
d . . . .
{_8(5} =0 (16) In the above equation the nondimensional position
©.0

(2, nondimensional time#(), residence timer, and
while for the pore diffusion model the following Peclet number are defined by:

equations hold: z=x/L (22)
aQ
I%s - 6=t/ 23
{ dp }(0,6) 0 (7 ’ )
{52} o (18)
pJ oo Pe=uL/D, (25)

Finally, the conservation equation related with the

fluid phase in the tank is given by [14]: In the above equationg is the porosity of the

packed bedx is the actual position in the direction
dC Vi, K of the flow, L is the column length,u is the
ot —SVfﬁ-(Ct—CS) (19) interstitial velocity, andD, is the axial dispersion
coefficient. The value of the film mass transfer

whereV,, andV; are the volumes of the media and coefficient was estimated from the following correla-
fluid in the tank, respectively. The initial condition tion [21]:
for Eq. (19) is determined by the initial concen- b uod

; oy [P sP 1/3
tration of the solute@®) in the bulk liquid: K, :d_f' [2+ 1_45<Tp> (pLD) ] (26)
C0)=C° (20) P

whereu, is the superficial velocity. The value of the
The solution of the equations for the different Column Pe number was estimated from a published

models was found via orthogonal collocation on correlation [22].

finite elements [15]. Following discretisation, the L d.u ~1/6

resulting system of differential equations for each Pe=— | —"—— (27)
. . . d (1- ¢,)D;

model was numerically integrated using theriLas P

routine odel5s. This routine uses a quasi-constant The initial condition corresponding to Eq. (21) is

step size implementation of numerical differentiation given by the profile of solute concentration along the
formulas in terms of backward differences. column:

C(z0)=0 (28)
3.2. Calculation of packed bed breakthrough
curves The first boundary condition is defined by the

_ o “close—close” Danckwerts condition at the column
The concentration profile in the column can also et

be described using mass conservation [15]. In addi-

tion to fluid film and intraparticle mass transfer {E} . =—PdCO 6-Cc(0"0] (29)
resistances, the process in the column is influenced * 92 7 "9

by axial dispersion. The packed bed is however Note that in Eq. (29) the feed concentration at the
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column inlet defines the first term within the bracket,
i.e.

CO .0) = Creeo (30)

The second boundary condition is defined by the stop
of mass transfer at the column outlet:

1%

oz Jan =0
The set of equations describing the separation pro-
cess in the chromatography column for the different
models were solved numerically in the same way as
described above for the set of the stirred tank

equations.

(31)

4, Results and discussion

4.1. Adsorption equilibrium data

The Langmuir isotherm (Eg. (32)) was used to fit
the experimental adsorption isotherm data of higG
on both PG 700 and PG 1000 (Fig. 1). The Lang-
muir model relates the antibody concentration in the
media Q*) at equilibrium with the antibody con-
centration in the bulk liquid phaseCtf). The iso-
therm is defined as:

140
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Fig. 1. Adsorption equilibrium data (hlgG adsorbed per unit
particle volume) on PG 700¢( and PG 1000 M) from PBS.
Lines represent the Langmuir isotherm model (Eq. (32)) with the
parameters presented in Table 2.
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Table 2

Langmuir model parameters and dynamic capacity parameters for
higG in PBS (pH 7.4). The parameters were identified from the
correlation of the experimental data using Egs. (32) and (33)

PG 700 PG 1000
Langmuir model
parameters
Q,, (mg/ml bed) 69 42
Q,, (mg/ml media) 121 76
Q.. (mg/ml solid) 383 246
K, (ml/mg) 18.9 131
Dynamic capacity
parameters (10%
breakthrough)
Qg (mg/ml bed) 65 33
7, (Min) 13 0.7
K, C*
Q= (32)
+K.C

where Q,, is the maximum adsorption capacity and
K, is the Langmuir equilibrium constant (Table 2).
PG 700 and PG 1000 strongly adsorb higG, ap-
proaching the monolayer capacity at hlgG concen-
tratien.5 mg/cnt . The higher static capacity
achieved by PG 700 can be attributed to the fact that
this media is prepared using a support with a higher
specific surface area- (35 ni /g, see Table 1).
Assuming that a similar ligand density (g protein-A/
m?) is attained for both PG 700 and PG 1000, it
follows that a larger capacity should be expected for
the media having a larger specific surface area.

4.2. Sirred tank protein uptake kinetics

Stirred tank higG adsorption kinetics were mea-
sured on PG 700 (Fig. 2a) and PG 1000 (Fig. 2b)
using initial hlgG concentrations of 0.1-3.0 mg/
cm’. The smaller pore size of PG 700 resulted in
longer equilibration times. Using an initial higG
concentration of 1.0 mg/cin , PG 1000 achieved
equilibration after~80 min, compared to PG 700
which required >140 min. Both media displayed
similar behaviour for increasing initial higG con-
centrations. Adsorption rate increased with initial
higG concentrations up te1.0 mg/cni . However,
at higG concentrations=2.0 mg/cni , the uptake
rate became less dependent on the initial higG
concentration, as indicated by the proximity of the
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Fig. 2. Experimental stirred tank kinetics (hlgG adsorbed per unit
particle volume) on (a) PG 700 and (b) PG 1000 in PBS using
different initial hlgG concentrations. Both symbols and lines
represent experimental data.

adsorption profiles. Such behaviour in adsorption
kinetics has been reported by previous authors [14],
and was explained in terms of the homogeneous
model for protein diffusion within the media.

The experimental concentration profiles were ap-
proximated by the different models described above.
The identified parameters are reported in Tables 3-5.

As expected, larger values of the effective diffu-
sion coefficient are obtained for the 1000 A material,
by either using the pore diffusion or the homoge-
neous diffusion models. The same trend is observed
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Table 3

Effective diffusion coefficients and residual sum of squares (RSS)
identified from the fitting of the experimental uptake data using

the pore diffusion model. The RSS was calculated as the sum of
the squares of the differences between the experimental con-
centration in the bulk liquid phase and the calculated (by the

model) concentration in the bulk liquid phase

Initial tank PG 700 PG 1000
?;”‘j;”lt)rat'o“ D,10' RSS D,10'  RSS

9 em’is) (md /mf) (mf/s)  (m§ /nd)
0.1 5.1 81
0.5 18 2.0
1.0 16 3.14 23 23.26
2.0 12 1.0
3.0 1.0 1.2
0.1-3.0 1.4 0.84 17 37.66

by either (i) fitting experimental data obtained from
one particular initial concentration or (ii) simul-

taneously fitting the experimental data at all initial
concentrations to a single diffusion coefficient. This
result is consistent with the observation of longer
equilibration times for PG 700 in the stirred tank
experiments (Fig. 2).

A better fit of the experimental data was obtained
for both media using the pore diffusion model than
with the homogeneous diffusion model, as indicated
by the smaller residual sum-of-squares (RSS) values
(Tables 3 and 4). The pore diffusion model identifies
a diffusion coefficient-100 times faster than the one
obtained from the homogeneous diffusion model on
both media. When the same set of experimental
uptake data was fitted using these two models,
Martin et al. [23] found the effective diffusivity
derived from the pore diffusion model to bel00

Table 4

Effective diffusion coefficients and residual sum of squares (RSS)
identified from the fitting of the experimental uptake data using
the homogeneous diffusion model

Initial tank PG 700 PG 1000
?;”‘j;”lt)rat'o“ D,,-10° RSS D,,-10° RSS

9 em’/s)  (md /mP) (crf/s)  (m§ /nmd)
0.1 0.3 8.0
0.5 0.4 1.0
1.0 1.0 7.85 2.0 13.12
2.0 1.9 2.4
3.0 2.8 5.0
0.1-3.0 16 72.80 2.8 35.54
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Table 5
Model parameters and residual sum of squares (RSS) identified from the fitting of the experimental uptake data using the surface layer
model with the two different models to describe mass transport within the core

Core PG 700 PG 1000
model 8/Rp D107 RSS 5/Rp D, 107 RSS
or (md /mF) or (md /mf)
D,-10’ D,-10
(cm /s) (cn% /s)
Homogeneous 0 0.016 72.80 0.09 0.017 28.65
diffusion
Porous 0.02 1.3 9.52 0.07 1.2 33.45
diffusion

Note: Rp=50 microns.

times larger than that obtained using the homoge- 3a) and PG 1000 (Fig. 3b). Note that this model
neous diffusion model. The free solution diffusivity provides a good representation of the experimental
of hlgG is ~4-10"" cn' /s [24], indicating that the data for each media tested using different initial
diffusion of hlgG within the porous media is not higG concentrations.

significantly hindered, judging by the values of the
effective diffusivities estimated using the pore diffu- 4.3. Packed bed breakthrough profiles
sion model (Tables 3 and 4).

In terms of the pore diffusion model, the values of Further insight into the separation process was
the effective diffusion coefficient (1.0-2.00 ' obtained by examining the hlgG breakthrough pro-
cm’/s) obtained for the porous glass materials are files. Experimental breakthrough profiles were com-
larger than the coefficients obtained using the same pared to the calculated curves using the models
model for agarose-based materials (0.1-100" described above. The values of the surface layer
cm’/s), as reported elsewhere [11]. thickness and the effective diffusivity obtained from

Overall, some improvement of the fitting was the analysis of the stirred tank experiments were
obtained when using the surface layer model that used to describe intraparticle mass transport in the
uses the pore diffusion to describe the mass transport packed bed.
at the particle’s core (see Tables 3-5). Experimental band profiles were measured for

When fitting the surface layer model, similar several column heights (5-20 cm) and feed veloci-
values of the effective diffusivity are obtained at the ties (250 and 500 cm/h) for both PG 700 (Fig. 4)
core for either 700°A or 1000 A materials, irre- and PG 1000 (Fig. 5). Theoretical band profiles were
spective of the nature of the model used to describe calculated for the given experimental conditions
mass transport at the core—porous diffusion or using the different models and are also presented in
homogeneous diffusion. A thicker surface layer was Figs. 4 and 5. Overall, the models based on the pore
identified for the 1000 A material. Thus, within the diffusion mechanism provide a better representation
scope of the surface layer model, a larger fraction at of the experimental band profiles than the models

the surface of the 1000 A particle is solely limited by based on the homogeneous diffusion mechanism.

the rate of external film mass transfer. Within the  The surface layer model that uses pore diffusion to
framework of this model, a thicker surface layer describe mass transport at the core of the particle
accounts for the faster experimental rate of uptake was then used to calculate breakthrough curves at
observed for the 1000 A material. different residence times. Prediction of the dynamic

Theoretical profiles were calculated using the capacity using this particular model could be useful

surface layer model that assumes pore diffusion in process design, since it provides an estimation of
holds at the particle’s core. The calculated and the performance under various operating conditions.
experimental profiles are presented for PG 700 (Fig. Dynamic capacities at 10% breakthrough were esti-
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column heights (5-35 cm), diameters (0.6, 1.1 cm),

gfi:gj:: and feedstock sources (SeraCare, Sigma). The fol-
25 = 1 | . .. .
- ¢ =1 mgfml lowing empirical model was used to fit these ex-
o .
5 C, =05 mgml || perimental data:
Cy = 0.1 mg/mi Qw
a7
25 1 Qu= _Td g (33)

C (mg/ml)
N

where, is a residence time constant aQ is the

. 10% breakthrough dynamic capacity at long resi-

dence times. From the correlatio, values of

65 mg/cm® (PG 700) and 33 mg/ém (PG 1000)

were estimated (Table 2). Other correlations between

dynamic capacity and residence time have been

I R e T T T published elsewhere [7—-9]. These expressions pro-
Time (min) vide a very convenient way of data representation,

especially in relation to the calculation of production

rate (see below). Note in Figs. 8 and 9 that the

NNV YY Y Y TV YT Y

2 C=3mgmi expgnmental values of the dynam_|c capacity fall
15 ¢ C,=2mgmi || within the same curve even for different column
v go=;?5’$’l geometries and antibody sources. The two media
] =U.5 mgimi N . . . .y . .
3 o C.=01myml have similar dynamic capacities at residence times

<1.0 min, before diverging at longer residence
times. As expected, the dynamic capacity of PG 700
. is larger than for PG 1000 at residence time4.0
min, possibly a result of the fact that the media with
the smaller pore size has a larger static capacity (Fig.
- 1). Moreover, at longer residence times the protein
can diffuse further within the media and reach a
greater number of adsorption sites within the particle
with the smaller pore size.

1 L L 1 1
0 20 40 60 80 100 120 140 160
Time (min)

4.5. Packed bed permeability
Fig. 3. Experimental stirred tank kinetics (hlgG bulk fluid con-

centration) on (a) PG 700 and (b) PG 1000 in PBS for different .
initial concentrations (symbols). Curves (lines) were calculated The pressure drop in a packed betPj can be

using the surface layer model that uses pore diffusion to describe "€presented by the Blake—Kozeny expression [25]:

mass transport at the particle’s core.
u el

2
mated from the calculated profiles. Reasonable kodp

agreement was found between experimental andwherek, is the specific column permeability. Eq.
calculated values for residence times of 0—10 min as (34) can be rearranged as:

shown for PG 700 (Fig. 6) and PG 1000 (Fig. 7).

AP = (34)

AP
4.4. Dynamic capacity L7 (35)
where
Experimental dynamic capacitief{ ,,,) of PG
700 (Fig. 8) and PG 1000 (Fig. 9) were evaluated at y = K’ (36)
10% antibody breakthrough (1.0 mg/&m in feed) as o-p

a function of residence timeT{) using several is an apparent friction constant.
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Fig. 4. Experimental© is 250 cm/h and is 500 cm/h) and calculated (solid line is 250 cm/h and dashed line is 500 cm/h) breakthrough
profiles of higG on PG 700. The models used were the pore diffusion model (a), the homogeneous diffusion model (b), the surface layer
model using pore diffusion to describe mass transport within the core (c), and the surface layer model using homogeneous diffusion to
describe mass transport within the core (d). The feed was 1.0 nig/cm of higG in PBS (pH 7.4). The column height was 20 cm.

Pressure drop per unit bed length (bar/cm) was 1
measured as a function of linear velocity (200—1500 P, = 1 N
cm/h) for PG 1000 using process-scale columns 1000-<W+ Q.U >
(9-44 cm 1.D.) and different bed heights (15-75 oL d-E
cm), as shown in Fig. 10. The experimental data was  Production rate depends upon five factors: dy-
well approximated by Eq. (21) with a value of namic capacity @,); protein concentration in the
y=4-10"° bar h/cni . The high permeability of PG feed C,); number of column volumes for bed
1000 can be attributed to the relatively large particle regeneration, including wash, elute, clean and
size (-100 um) and the incompressible nature of the equilibration steps N); load velocity U,); and
media backbone. PG 700 is assumed to have theregeneration velocityU.). Twenty (N=20) column
same permeability since it has the same particle size.volumes were assumed for regeneration. The correla-

tions obtained using Eq. (33) were used to estimate

the dynamic capacity as a function of residence time
4.6. Production rate for both media. A maximum pressure drop of 1.5 bar

across the bed was set as a constraint in order to

Production rates R) for different higG feed  calculate (from Eg. (35)) the maximum velocity
concentrations and load residence times were calcu-(1875 cm/h) allowed for the particular bed height
lated for both PG 700 and PG 1000 (Fig. 11) using under consideration (20 cm). The combination of the
the expression [7,8]: maximum velocity and the bed height produces a

(37)




J.T. McCue et al. / J. Chromatogr. A 989 (2003) 139-153 149

1
08t 08¢
0.6 o 0B}
Q
© 04 © 04}
0.2 02t
() g : . - [ - - -
0 50 100 150 200 250 0 50 100 150 200 250
Volume (ml) Volume {ml)
1
0.8
- 06} o
o Q
S04 o
0z
0 50 100 150 200 250 0 50 100 150 200 250
Volume (ml) Yolume (ml)

Fig. 5. Experimental© is 250 cm/h and is 500 cm/h) and calculated (solid line is 250 cm/h and dashed line is 500 cm/h) breakthrough
profiles of hiIgG on PG 1000. The models used were the pore diffusion model (a), the homogeneous diffusion model (b), the surface layer
model using pore diffusion to describe mass transport within the core (c), and the surface layer model using homogeneous diffusion to
describe mass transport within the core (d). The feed was 1.0 nig/cm of higG in PBS (pH 7.4). The column height was 6.0 cm.
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Fig. 6. Comparison of experimental and predicted column dynamic capacity at 10% breakthrough for PG 700 as a function of the residence
time. The surface layer model that uses pore diffusion to describe mass transport at the particle’s core was used to perform the model
calculations. The feed was 1.0 mg/tm higG in PBS (pH 7.4). The column heights were 5-20 cm. The column 1.D.s were 0.66 and 1.1 cm.
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Fig. 7. Comparison of experimental and predicted column dynamic capacity at 10% breakthrough for PG 1000 as a function of the residence
time. The surface layer model that uses pore diffusion to describe mass transport at the particle’s core was used to perform the model
calculations. The feed was 1.0 mg/&m higG in PBS (pH 7.4). The column heights were 5-35 cm. The column 1.D.s were 0.66 and 1.1 cm.

boundary at the minimum residence time (0.64 min). of 500 cm/h), PG 700 achieved only a slightly

Accordingly, no throughput values are reported higher production rate (§/4¥cnt), than PG

below 0.64 min. 1000 (0.41 /&p/cnt’). However, as the higG feed
Production rate contour plots show that PG 700 concentration increases, the production rate for PG

and PG 1000 (see Fig. 11) achieved similar pro- 700 became greater than for PG 1000. At a higG

duction rates at higG feed concentrationd.0 mg/ feed concentration of 2.0 mg/&m and residence time

cm’. At a residence time of 2.4 min (which corre- of 2.4 min, PG 700 had a production rate 14%

sponds to a 20-cm bed operated at a linear velocity greater @ 80cnT ) than PG 1000 (0.70 g/h/

100 -

80 |
'_g 1 m20cm, 0.66 cm ID
S 60 - a17cm, 1.1cm D
é : ¢5cm, 0.66 cm ID
g 40 1 o5cm, 1.1cm D
S 1

20

0ty —_— —
0 2 4 6 8 10
Tr (min)

Fig. 8. Dynamic capacity at 10% breakthrough as a function of residence time on PG 700. Both SeraCare and Sigma materials were used as
antibody sources for feedstock preparation. The line represents the fit of the experimental data to Eq. (33) with the parameters presented in
Table 2. Feed: 1.0 mg/cin higG in PBS.
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Fig. 9. Dynamic capacity at 10% breakthrough as a function of residence time on PG 1000. Both SeraCare and Sigma materials were used

as antibody sources for feedstock preparation. The line represents the fit of the experimental data to Eq. (33) with the parameters presented
in Table 2. Feed: 1.0 mg/cin hlgG in PBS.

cm?). Accordingly, for feedstocks containing anti- 5. Conclusions
body concentrations>1.0 mg/cnt the use of PG

700 could be advantageous in terms of a higher Using higG as a feed, we examined the effect of
production rate relative to PG 1000. the media pore size (700 A and 1000 A) on the
0.07
0.06 -
+* ¢
—~ 0.05 A * .
£ ot o .
L2 .
= 0.04 - . s e
£ *
- 0.03 4 ° f
o
= S
0.02 . .
* “’
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0 500 1000 1500
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Fig. 10. Pressure drop vs. superficial velocity for PG 1000. The slope of the straight liR& it0(8533) represents the apparent friction
constant (410~° bar h/cni ) of the media. Process-scale columns with bed heights in the range of 15—-75 cm and diameters in the range of
9-44 cm were used in the experiments.
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Fig. 11. Contour plots representing the production rate (g/i/cm ) of PG 700 (dotted lines) and PG 1000 (solid lines) as a function of both

residence time and hlgG feed concentration for a bed height of 20 cm.

purification performance. The use of a smaller pore
size support resulted in an increase of both the
equilibrium and dynamic capacity. The higher
capacity of PG 700 might be related to the higher

specific surface area and associated higher ligand

concentration of this media. Adsorption equilibrium
data for both media were properly correlated via the
Langmuir isotherm model.

Protein uptake was found to be slower in PG 700
than in PG 1000 due to the smaller pore size. By
using a surface layer model for intraparticle trans-
port, a concentration-independent effective diffusivi-
ty was calculated for both media. When using the
pore diffusion model to represent intraparticle mass
transport, the effective higG diffusivity was found to
be of the same order of magnitude as the free
solution diffusivity (~10"’ cnf /s), indicating that
the diffusion inside the pores is not significantly
hindered.

Using intraparticle transport parameters obtained
from the stirred tank experiments, breakthrough
profiles were calculated and dynamic capacities were
estimated for different operating conditions. Reason-

ably good agreement was found between calculated
and experimental breakthrough data. Such predic-
tions could be helpful in order to evaluate the
purification performance of the protein-A media in
process-scale applications.
The selection of a particular chromatography
media depends upon the specific purification require-

ments. Important factors to consider include protein

size and concentration, dynamic capacity require-
ments, permeability, throughput, and cost of purifica-
tion. For the specific antibody tested in this study,
production rate of PG 700 was similar to PG 1000
for higG feed concentratidr® mg/cni . Accord-

ingly, the use of a protein-A media with a higher
ligand concentration might not be necessary. How-
ever, as the trend toward higher antibody titres in

cell culture continues, the use of media with a higher

capacity (PG 700) could be advantageous in the

future. The use of PG 700 might also be advantage-

ous for the purification of species (containing a Fc
IgG region) smaller than hlgG. A smaller protein

should diffuse faster within the pore network of the
media and, as a result, a larger value of the dynamic
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capacity should be expected. Finally, additional
studies using monoclonal antibodies will be required
to expand the evaluation presented here and to tes
the generality of the presented conclusions.
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